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Abstract
Endothermic reactions performed in microreactors are driven using heat from an external source. However, the temperature
of the gas stream providing the heat is limited by constraints imposed by the materials of construction. The present study
is focused primarily upon the designs and operations of heat integrated reactors for thermochemically producing hydrogen
from methanol by steam reforming. A symmetry boundary condition is used to model half of each system where symmetry
exists. Computations are performed using grids with varying nodal densities to determine the optimum node spacing and
density that would give the desired accuracy and minimize computation time. The final grid density is determined when
the centerline profiles of temperature and species concentration do not show obvious difference. The second-order upwind
scheme is used to discretize the mathematical model, and the semi-implicit method for pressure-linked equations algorithm is
employed to solve for the pressure and velocity fields. The convergence is judged upon the residuals of all governing equations.
The present study aims to provide a fundamental understanding of the designs and operations of heat integrated reactors
for thermochemically producing hydrogen from methanol by steam reforming. Particular emphasis is placed upon the effect
of various factors on the thermochemical steam reforming processes in heat integrated reactors. The results indicate that
steam reforming produces hydrogen and carbon monoxide when heat is added to a catalytic reactor containing steam and
hydrocarbons. Alternating channel parallel plate designs can be applied to thermally coupling endothermic steam reforming
with combustion in neighboring channels. Balancing the heat requirements of an endothermic reaction with heat generated by
an exothermic reaction flowing parallel to and on the opposite side of a separating plate is extraordinarily difficult since the
endothermic reaction is likely to have a very different dependence upon concentration and temperature than the endothermic
reaction. A convenient way to supply heat is to couple the endothermic reaction with an exothermic combustion reaction in the
heat exchange channels. The process gas is raised in temperature and this energy can be utilized by the reforming process. The
catalyst coating thickness depends upon the process proceeding within the catalyst matrix. The arrangement leads to improved
heat transfer and therefore chemical conversion. Heterogeneous combustion aids in spreading the heat generation along the
length of the channel and helps prevent hotspot formation.

Keywords: Hydrogen production; Endothermic reactions; Discrete channels; Flow arrangements; Chemical conversion; Het-
erogeneous combustion
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Endothermic reactions performed in microreactors are driven using heat from an external source. However,
the temperature of the gas stream providing the heat is limited by constraints imposed by the materials of
construction. The present study is focused primarily upon the designs and operations of heat integrated re-
actors for thermochemically producing hydrogen from methanol by steam reforming. A symmetry boundary
condition is used to model half of each system where symmetry exists. Computations are performed using
grids with varying nodal densities to determine the optimum node spacing and density that would give the
desired accuracy and minimize computation time. The final grid density is determined when the centerline
profiles of temperature and species concentration do not show obvious difference. The second-order upwind
scheme is used to discretize the mathematical model, and the semi-implicit method for pressure-linked equa-
tions algorithm is employed to solve for the pressure and velocity fields. The convergence is judged upon the
residuals of all governing equations. The present study aims to provide a fundamental understanding of the
designs and operations of heat integrated reactors for thermochemically producing hydrogen from methanol
by steam reforming. Particular emphasis is placed upon the effect of various factors on the thermochemical
steam reforming processes in heat integrated reactors. The results indicate that steam reforming produces
hydrogen and carbon monoxide when heat is added to a catalytic reactor containing steam and hydrocarbons.
Alternating channel parallel plate designs can be applied to thermally coupling endothermic steam reforming
with combustion in neighboring channels. Balancing the heat requirements of an endothermic reaction with
heat generated by an exothermic reaction flowing parallel to and on the opposite side of a separating plate
is extraordinarily difficult since the endothermic reaction is likely to have a very different dependence upon
concentration and temperature than the endothermic reaction. A convenient way to supply heat is to cou-
ple the endothermic reaction with an exothermic combustion reaction in the heat exchange channels. The
process gas is raised in temperature and this energy can be utilized by the reforming process. The catalyst
coating thickness depends upon the process proceeding within the catalyst matrix. The arrangement leads
to improved heat transfer and therefore chemical conversion. Heterogeneous combustion aids in spreading
the heat generation along the length of the channel and helps prevent hotspot formation.

Keywords: Hydrogen production; Endothermic reactions; Discrete channels; Flow arrangements; Chemical
conversion; Heterogeneous combustion

1. Introduction

Among the various chemical reactions occurring in industrial reactors, the use of catalytic gas-solid reactions
is widespread. A packed bed reactor is commonly used for these types of reactions. Conventional packed
bed reactors are associated with various difficulties and disadvantages, including pressure drop, intra particle
diffusion limitations, flow channeling, and heat transfer limitations [1, 2]. Structured catalyst reactors are
frequently used to address these challenges. These structured catalyst reactors are commonly utilized when
there is a need for controlled endothermic or exothermic reactions. However, existing structured catalyst
reactors, while demonstrating higher performance in comparison to the packed bed reactors, still have a
number of drawbacks, including high cost, weight, thermal resistance, and heat management, among others
[3, 4]. Important products of the Fischer-Tropsch reaction include gaseous hydrocarbons, such as lower
olefins, paraffins, or alcohols, and liquid hydrocarbons, such as higher olefins, paraffins and alcohols [5,
6]. The Fischer-Tropsch reaction is highly exothermic and therefore effective heat transfer and temperature
controls are important prerequisites for the successful operation. Furthermore, the reaction operability range,
with pressures between 1-30 bar and temperatures ranging from 200 °C to 350 °C, requires an additional
control to prevent formation of local hot spots responsible for the deterioration of the catalyst [7, 8]. Thus,
there is a need for very efficient heat transfer during the reaction to prevent metallic catalyst deactivation and
formation of undesirable products. Accordingly, there remains a need for a reactor that provides an efficient
control over endothermic and exothermic chemical reactions, such as those carried out in the presence of
a catalyst. For example, there is a need for a reactor for the Fischer-Tropsch catalytic processing of the
synthesis gas that ensures very efficient heat transfer during the catalytic reaction.

Natural gas and methane, a major constituent of natural gas, are difficult to economically transport and
are not easily converted into liquid fuels or chemicals that are more readily contained and transported. To
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facilitate transport, methane is typically converted to synthesis gas which is an intermediate in the conversion
of methane to liquid fuels, methanol or other chemicals [9, 10]. Synthesis gas is a mixture of hydrogen and
carbon monoxide with a hydrogen to carbon monoxide molar ratio of from about 0.6 to about 6. One chemical
reaction effective to convert methane to synthesis gas is steam reforming. Methane is reacted with steam
and endothermically converted to a mixture of hydrogen and carbon monoxide [11, 12]. The heat energy
to sustain the endothermic reaction is generated by the external combustion of fuel. A second chemical
reaction effective to convert methane to synthesis gas is partial oxidation. Methane is reacted with oxygen
in an exothermic reaction [13, 14]. Synthesis gas can be produced by combined partial oxidation and steam
reforming. The synthesis gas is then converted to liquids by the Fischer-Tropsch process or can be converted
to methanol by commercial processes [15, 16]. In the primary steam reforming of fluid hydrocarbons, such
as natural gas or methane, the feed material and steam are passed through catalyst-containing vertically
hanging reformer tubes maintained at an elevated temperature by radiant heat transfer and by contact
with combustion gases in the furnace portion of the tubular reactor. The hot reformer tube effluent may be
passed to a waste heat recovery zone for the generation of steam that can be used in the steam reforming
operations. Conventional primary steam reforming operations are commonly carried out at temperatures of
from about 750 °C to about 850 °C or above [17, 18]. The primary steam reforming is a highly endothermic
reaction, and the large amounts of required heat are typically provided by combusting external fuel at close to
atmospheric pressures in the reforming furnace. Consequently, the reformer tubes are generally made of high
alloy, expensive materials having a limited operating life under such extreme conditions [19, 20]. The reaction
temperatures existing inside the reformer tubes are generally lower than about 850 °C so that the effluent
gas recovered from the primary reformer typically contains 2-6 percent methane [21, 22]. The effluent from
primary reforming is sometimes passed to a secondary reforming zone in which unconverted methane present
in the reformed gas mixture is catalytically reacted with air, oxygen or other suitable oxygen-containing gas.

Large quantities of hydrogen, or of an ammonia syngas mixture of hydrogen and nitrogen, are produced
either by such steam reforming operations or by partial oxidation reactions. Partial oxidation, like secondary
reforming, is an exothermic, autothermal, internal combustion process [23, 24]. While secondary reforming
is also a catalytic process, however, the various known partial oxidation processes employ non-catalytic
reactions, and thus operate at higher reaction temperatures on the order of about 1300 °C. The significant
advantages obtainable by the use of secondary reforming, or by the use of partial oxidation processing, are
off-set to some extent by the need to compress the oxygen-containing gas to the desired reaction pressure
or higher [25, 26]. Another disadvantage of secondary reforming and of partial oxidation processing is that
part of the feed gas is combusted to carbon dioxide and water instead of to desired product. As a result,
more natural gas or other feed gas is required to produce a given amount of hydrogen or synthesis gas,
although the autothermic processes do not require any fuel. By contrast, the fuel consumption rate for
primary reforming is typically between 30 percent and 50 percent of the feed rate [27, 28]. Despite such
efforts to improve steam reforming operations, it will be appreciated that there remains a desire to achieve
lower steam and fuel requirements and higher thermal efficiencies in such operations [29, 30]. In addition,
improved mechanical designs are also desired to reduce the size of the overall reforming systems employed
and to achieve other useful purposes, such as a reduction for the thermal stresses to which the primary
reformer tubes are subjected [31, 32]. It is also desired to carry out steam reforming operations at higher
pressures, as in the range of 20-100 Bar. Such desired improvements also relate to the integration of primary
and secondary reforming operations, so as to obtain the benefits of secondary reforming while achieving a
more efficient overall reforming operation than has heretofore been possible.

Currently, endothermic reactions performed in microreactors are driven using heat from an external source,
such as the effluent from an external combustor. In doing so, the temperature of the gas stream providing
the heat is limited by constraints imposed by the materials of construction. Practically, this means that tile
effluent from an external combustor must be diluted with cool gas to bring the gas temperature down to
meet material temperature constraints. This increases the total gas flow rate, raising blower and compressor
costs. Moreover, heating the gas stream externally introduces heat losses and expensive high temperature
materials to connect the combustor to the microreactor. On the other hand, an integrated combustor can
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produce heat for the reaction in close proximity to the reaction zone, thus reducing heat losses and increasing
efficiency. Because traditional combustion catalysts are riot stable at high temperatures due to noble metal
sintering, the integrated combustor must transfer heat at a rate sufficient to keep local temperatures at the
catalyst surface below this level or risk rapid catalyst deactivation. The present study is focused primarily
upon the designs and operations of heat integrated reactors for thermochemically producing hydrogen from
methanol by steam reforming. A symmetry boundary condition is used to model half of each system where
symmetry exists. Computations are performed using grids with varying nodal densities to determine the
optimum node spacing and density that would give the desired accuracy and minimize computation time.
The final grid density is determined when the centerline profiles of temperature and species concentration do
not show obvious difference. The second-order upwind scheme is used to discretize the mathematical model,
and the semi-implicit method for pressure-linked equations algorithm is employed to solve for the pressure
and velocity fields. The simulation convergence is judged upon the residuals of all governing equations. The
present study aims to provide a fundamental understanding of the designs and operations of heat integrated
reactors for thermochemically producing hydrogen from methanol by steam reforming. Particular emphasis is
placed upon the effect of various factors on the thermochemical steam reforming processes in heat integrated
reactors.

2. Methods

The highly exothermic reactor is illustrated schematically in Figure 1 with a catalytic heat-recirculating re-
action chamber. The catalytic heat-recirculating micro-combustors are modeled as parallel plates of infinite
width. This study focuses on the heat-recirculating combustor, for which there are two catalytically active
inner walls, two outer walls, and one side wall. Unless otherwise stated, all walls are 0.2 millimeters thick. The
combustion chamber length is 8.0 millimeters, with a gap size of 0.8 millimeters. This gap size is typical to the
geometrical confinements of practical honeycomb combustors. Due to the high aspect ratio of the combustion
channel, the combustor is modeled as a two-dimensional system. For the heat-recirculating combustor, pre-
mixed methane-air mixtures are sent into the central combustion chamber at ambient temperature, and then
the hot products formed are split into two streams that flow into two recirculation chambers, each with a
gap size of 0.4 millimeters. The 180° turns occur at 8.0 millimeters. The length of each recirculation chamber
is 8.4 millimeters, as a result of the additional space from the turns. Based on these, the length of each
outer wall is 8.6 millimeters, and the length of side wall is 2.4 millimeters. Unless otherwise stated, the inlet
velocity is 0.8 meters per second, and a uniform inlet velocity profile is assumed. These values represent the
nominal operating conditions. The parallel plate geometry implies that the third dimension is much larger
than these gap sizes in order to ensure two-dimensional validity. To minimize the computational intensity,
only half of the system is modeled by taking properly into account the geometrical symmetry.

Figure 1. Schematic illustration of the highly exothermic reactor with a catalytic heat-recirculating reaction
chamber. The thick arrows indicate the direction of flow, whereas the thin arrows indicate the direction of
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heat transfer. All external surfaces exposed to the surroundings are subjected to convective and radiative
heat losses. Symmetry allows the simulation of only half of each system.

The highly exothermic reactor is illustrated schematically in Figure 2 with a catalytic single-channel reac-
tion chamber. The catalytic single-channel micro-combustors are modeled as parallel plates of infinite width.
For the single-channel combustor, this is a simple geometry, consisting of two walls coated with a catalyti-
cally active washcoat. This geometry is used here for comparison purposes. The physical properties of the
combustor solid structure, such as the density, specific heat, and wall thermal conductivity, are assumed con-
stant, whereas all fluid properties are temperature-dependent. Specifically, the gaseous species-specific heat
is computed using a piecewise polynomial fit of temperature, whereas temperature-dependent species trans-
port properties in the gas phase, such as the species thermal conductivity and viscosity, are computed using
the kinetic theory of ideal gases. Fluid transport properties, such as the fluid thermal conductivity, specific
heat, and viscosity, are computed by a mass-fraction-weighted average of species properties, depending on
the local mixture temperature and composition. The fluid density is determined from the ideal gas law for
the local mixture temperature, pressure, and composition. Uniform profiles for the species mass fractions,
gas temperature, and axial velocity are specified at the inlet. No-slip boundary conditions are used for both
velocity components at the fluid-solid interfaces. A symmetry boundary condition is used to model half of
each system where symmetry exists. At the symmetry plane and the outlet, the transverse velocity is set
to zero and zero gradient Neumann boundary conditions are used for all other scalars, namely the normal
derivatives are set to zero. It is important to note that once the reaction zone shifts approximately past
half the length of the combustor, the boundary conditions at the exit may no longer describe the system
properly. As a result, the blowout critical conditions are less accurate. To overcome the accuracy problem
for a fixed combustor length, one needs to experimentally measure the exit conditions and impose them as
boundary conditions.

Figure 2. Schematic illustration of the highly exothermic reactor with a catalytic single-channel reaction
chamber. The thick arrows indicate the direction of flow, whereas the thin arrows indicate the direction of
heat transfer. All external surfaces exposed to the surroundings are subjected to convective and radiative
heat losses. Symmetry allows the simulation of only half of each system.

For the single-channel combustor, an orthogonal staggered grid is used to perform these simulations, con-
taining 200 and 80 points in the axial and transverse directions, respectively. The grid is finer where the
gradients are steeper, at the entrance and in the vicinity of the active catalytic surface. The solid wall is
discretized such that the elements at the fluid-solid interface have the same axial size as the corresponding
elements on the fluid sides, resulting in a 200 and 20 grid resolution in the axial and transverse directions, re-
spectively. For the heat-recirculating combustor, a non-uniform grid is used, with elements near the catalytic
wall being smaller than those at the symmetry plane, in order to capture more accurately the sharp gradients
at the catalytic wall while minimizing the computational intensity. As a result, the grid used contains a
260 and 160 grid resolution in the axial and transverse directions, respectively. Prior to performing these
simulations, computations are performed using grids with varying nodal densities to determine the optimum
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node spacing and density that would give the desired accuracy and minimize computation time. The final
grid density is determined when the centerline profiles of temperature and species concentration do not show
obvious difference. Solutions obtained with the above grids are reasonably accurate, and larger grid densities
yield no obvious advantage. The second-order upwind scheme is used to discretize the mathematical model,
and the semi-implicit method for pressure-linked equations algorithm is employed to solve for the pressure
and velocity fields. The simulation convergence is judged upon the residuals of all governing equations.
Numerical convergence is in general difficult. In order to assist convergence and compute extinction points,
natural parameter continuation is implemented.

The heat integrated reactor with multiple parallel channels is illustrated schematically in Figure 3 for ther-
mochemically producing hydrogen from methanol by steam reforming. The heat integrated reactor can be
used to produce hydrogen for fuel cells for the production of electricity. The reactor consists of two sets of
flow channels: one where the steam reforming reaction takes place and one where combustion of the same fuel
provides the heat necessary to carry out the reaction. Heat is transferred across the channel walls, and the
system results in a compact configuration. The two sets of uniform parallel reaction channels are separated
by the walls that separate the combustion region from the reforming region, and are in close thermal contact
as to facilitate the efficient transfer of heat from the combustion region to the reforming region. In this
manner, greater heat integration and utilization is accomplished inside the reactor. The reactor operates in
the so-called co-current mode, namely combustion and reforming mixtures flow in the same direction, and
the combustion and reforming channels are arranged alternately. Combustion takes place over a structured
catalyst comprising copper-oxide and zinc-oxide. Steam reforming is a catalytic reaction and takes place
over a structured catalyst comprising copper and zinc-oxide. The washcoat for applying the combustion and
reforming catalysts is high surface area aluminum oxide, and it must be in close contact with the channel
walls to facilitate efficient heat transfer. On account of the symmetry of the system, only two half combustion
and reforming channels associated with the surrounding walls are modeled.

Figure 3. Schematic illustration of the heat integrated reactor with multiple parallel channels for thermo-
chemically producing hydrogen from methanol by steam reforming.

The computational domain of the heat integrated reactor is illustrated schematically in Figure 4 for thermo-
chemically producing hydrogen from methanol by steam reforming. A methanol-steam mixture is supplied
to the reforming channels to be reformed, and a methanol-air mixture is supplied to the combustion channels
to be combusted. The temperatures and pressures of the two streams entering the combustion channels and
the reforming channels, respectively, are the same. The temperature of the two streams is 373 K at the
flow inlets. The system operates at a pressure of up to 1.5 MPa. Typically, high pressure combustion is
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widely practiced, although combustion can take place at low or near-atmospheric pressure. Steam reforming
can take place at pressures somewhat above atmospheric to moderately high, up to 5.0 MPa. The channel
walls should be of sufficient strength to allow for the pressure differential between the two streams entering
the reactor. The composition of the mixture entering the combustion channels should be such as to ensure
complete combustion of the fuel. Although a stoichiometric ratio of fuel to air is sufficient, an equivalence
ratio of 0.8 is employed with the present study. The composition of the mixture entering the reforming
channels is determined by the stoichiometries of the reforming reaction for the given fuel. It is typical prac-
tice to provide a higher than stoichiometric steam-to-fuel ratio to minimize possible side reactions that can
cause carbon formation to the detriment of the catalyst and the reactor. A steam-to-carbon molar ratio
of 1.4 is employed with the present study. The fluids flow essentially parallel to the axes of the channels.
The velocity of the fluid flowing into the reforming channels is 2.0 meters per second at the flow inlets. In
contrast, the velocity of the fluid flowing into the combustion channels varies depending on the desired design
requirements. Theoretically, the washcoats can be of any shape. The washcoats can be shaped into any of
various configurations, but they must be designed to increase the area available for heat exchange, thereby
minimizing the length of the channels and the associated pressure drop. The mass transfer coefficient can be
estimated from the relation between the pore Reynolds and Schmidt numbers and the asymptotic Sherwood
number. The local mass transport coefficient is dependent upon the local velocity of the fluid, reaction rate,
and local pore structure. The term bulk flow region refers to open areas or open channels within the reaction
chamber. A contiguous bulk flow region allows rapid gas flow through the reaction chamber without large
pressure drops. Equilibrium conversion is defined in the classical manner, where the maximum attainable
conversion is a function of the reactor temperature, pressure, and feed composition. For the case of hy-
drocarbon steam reforming reactions, the equilibrium conversion increases with increasing temperature and
decreases with increasing pressure.

Figure 4. Schematic illustration of the computational domain of the heat integrated reactor for thermochem-
ically producing hydrogen from methanol by steam reforming.

3. Results and discussion

The contour plots of temperature, methanol mole fraction, and hydrogen mole fraction under nominal oper-
ating conditions are presented in Figure 5 for the heat integrated reactor. Chemical reactions that produce
heat and those that take up heat form two very important classes of reactions. Some highly exothermic
reactions, reactions with a large but negative heat of reaction, require heat to be removed from a system
to prevent overheating. One example is the partial oxidation of ethylene to produce ethylene oxide, an im-
portant intermediate in the production of ethylene glycol. This reaction oxidizes ethylene over a catalyst to
produce ethylene oxide and heat. If the reaction temperature is too high, ethylene oxide will decompose to
carbon dioxide and water. In order to reduce degradation into undesired products, the reaction temperature
must be held under control by removing heat produced by the partial oxidation. Conversely, endothermic
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reactions, those with a positive heat of reaction, do not produce heat but require heat for the reaction to
proceed. Steam reforming of hydrocarbons is an endothermic reaction of considerable interest for hydrogen
production as a fuel for fuel cells. Steam reforming produces hydrogen and carbon monoxide when heat
is added to a catalytic reactor containing steam and hydrocarbons. Although exothermic and endothermic
reactions are easy to implement, to do so with a compact and simple reactor design is challenging due to
the limitations of heat transfer between the reaction and the outside of the reactor. One aspect in building
compact reactors with adequate thermal exchange requires a provision for high interfacial area between the
reaction stream and the reactor body. Microchannel technology is capable of high heat and mass transfer
coefficients between a bulk reaction fluid and the catalytic heat exchange surface. Alternating channel par-
allel plate designs can be applied to thermally coupling endothermic steam reforming with combustion in
neighboring channels. Such designs enable orders of magnitude size reduction over conventional shell-and-
tube steam reformers. Enclosed parallel flow channels are typically formed by stacking plates separated by
spacers, and fitting the stack with appropriate headers so that alternating channels contain the reforming
reaction with exothermic combustion in the intermediate channels. Microchannel reactors exchange heat
between chemically reacting fluid streams where flow is parallel to and on opposite sides of a thermally
conductive separating plate. In this design, enclosed channels are formed by stacking plates separated by
spacers, and the stack is fitted with appropriate headers so that alternating channels contain the reaction
fluid with heat exchange fluid in the intermediate channels. The reaction channels can be filled with catalyst,
and the heat exchange channels can have a structured packing to increase the heat exchange area. Another
approach to increasing the surface area for reaction on each side of the separating plate is to add fins or
other surface features. Indeed, this approach is adopted in plate-type reactor designs. Although somewhat
successful, the design still adds complexity and the alternating coupled reaction chambers continue to restrict
the overall size of each chamber. All of these examples share the same general flow geometry where thermal
energy transfers between chemically reacting fluid streams that flow parallel to and on opposite sides of a
separating plate.

Figure 5. Contour plots of temperature, methanol mole fraction, and hydrogen mole fraction under nominal
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operating conditions for the heat integrated reactor.

The contour plots of water mole fraction, oxygen mole fraction, and carbon dioxide mole fraction under
nominal operating conditions are presented in Figure 6 for the heat integrated reactor. A reaction chamber
has dimensions of height, width and length. The length of the reaction chamber is typically longer. Typically,
the sides of the reaction chamber are defined by reaction chamber walls. These walls are preferably made
of a hard material such as a ceramic, an iron-based alloy, or high temperature nickel-based superalloys.
More preferably, the reaction chamber walls are comprised of stainless steel which is durable and has good
thermal conductivity. In addition to thermal transfer between adjacent reaction chambers, in some cases,
a reaction chamber can be in thermal contact with a microchannel heat exchanger. This combination of
reaction chambers and heat exchangers can result in high rates of thermal transfer. The catalyst could also
be applied by other methods such as wash coating. On metal surfaces, it is preferred to first apply a buffer
layer by chemical vapor deposition or thermal oxidation, which improves adhesion of subsequent wash coats.
Preferred reactors and methods of conducting reactions in integrated reactors can be characterized by their
properties. The devices may be made of materials such as plastic, metal, ceramic and composites, depending
on the desired characteristics. Walls separating the device from the environment may be thermally insulating.
However, the walls separating adjacent exothermic and endothermic reaction chambers should be thermally
conductive. Introduction of laterally distributed combustion fuel and air in co-flow with endothermic reactant
flow concentrates the heat transfer at the endothermic reactor inlet, where the concentration gradient is
highest, thus obtaining superior results over systems that distribute the combustion fuel evenly over the entire
surface of the combustion catalyst. Although the examples with distributed combustion still exhibit excellent
heat flux in comparison to conventional steam reformers. The present design could use alternate exothermic
reactions, such as oxidation reactions, including partial oxidation reaction, to drive an endothermic reaction.
During operation, a reactant enters a combustion or reaction chamber in a bulk flow path flowing past and
in contact with a porous material or porous catalyst. A portion of the reactant molecularly transversely
diffuses into the porous catalyst and reacts to form a product or products, and then the products diffuse
transversely into the bulk flow path and out of the reactor. A short heat transport distance is desired for
good performance. These short heat transport distances, combined with preferred reactor configurations,
can provide surprisingly high volumetric productivity and low pressure drop. The reactor designs suffer from
a fundamental limitation resulting from the flow configuration in which a reacting stream flows parallel to a
heat transfer surface through which the majority of heat is transferred perpendicular to the direction of fluid
flow. Regardless of the reaction taking place in the reaction channels, its reaction rate will vary along the flow
length of that channel due to changes in concentration and temperature. Balancing the heat requirements
of an endothermic reaction with heat generated by an exothermic reaction flowing parallel to and on the
opposite side of a separating plate is extraordinarily difficult since the endothermic reaction is likely to have
a very different dependence upon concentration and temperature than the endothermic reaction. Along the
flow length of the plate that divides these reactions, the heat flux through the plate that is perpendicular to
fluid flow will vary due to temperature and reaction rate differences along the flow length of the plate. Since
the thermally coupled reactions are so closely coupled, neither reaction can run at a significantly different
reaction rate at any point along the channel length. Thus, each reaction will exhibit a peak in reaction
rate at nearly the same position within the reactor with slower reaction rates before and after this peak,
which leads to the need for a long reactor channel to ensure complete conversion. A specific example of
this reaction rate problem encountered in the parallel flow arrangement is demonstrated by attempts to
drive endothermic steam reforming with exothermic combustion in microchannel and alternating parallel
plate reactors. A convenient way to supply heat is to couple the endothermic reaction with an exothermic
combustion reaction in the heat exchange channels. Thus, the stacked reactor becomes an alternating series of
endothermic and exothermic reactors separated by thin heat exchange walls. Unfortunately, the combustion
reaction is difficult to control with convenient combustion catalysts and fuels, and most of the combustion
occurs near the fuel inlet. This uneven combustion results in uneven heat transfer to the endothermic reaction
and poor overall reactor performance. The geometry allows intimate thermal contact whilst keeping the
streams from becoming mixed. The reactor body is constructed by modification of a substantially rigid and
essentially nonporous monolith honeycomb. Prior to modification the monolith consists of a honeycombed
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body having a matrix of thin walls defining a multiplicity of discrete channels which pass through the body of
the structure from one face to the opposing face. The monolith is modified in such a way as to produce a rigid
body containing at least two discreet process flow paths which have a number of dividing walls in common.
A channel is defined as any individual passageway through the monolith body and a flow path is the group
of channels used for a single reaction. The inlets to the first reaction flow paths and the inlets to the second
reaction flow paths are in the inlet manifold such that the reactants run in a co-current configuration. The
reactants also leave the reactor in the same outlet manifold via the first reaction outlets and the second
reaction outlets. The fuel processor is described using the steam reformation of methane and oxidation of
methane reactions to illustrate the concept. The inlets and outlets may be arranged for a countercurrent
flow of the reactants.

Figure 6. Contour plots of water mole fraction, oxygen mole fraction, and carbon dioxide mole fraction under
nominal operating conditions for the heat integrated reactor.

The Nusselt number profiles along the length of the heat integrated reactor are presented in Figure 7 under
nominal operating conditions for thermochemically producing hydrogen from methanol by steam reforming.
Many chemical processes utilize catalysts to enhance chemical conversion behavior. A catalyst promotes the
rate of chemical conversion but does not affect the energy transformations which occur during the reaction.
Often catalytic processes are conducted within tubes which are packed with a suitable catalytic substance.
The process gas flows within the tube and contacts the catalytic packing where reaction proceeds. The tube
is placed within a hot environment such as a furnace such that the energy for the process can be supplied
through the tube wall via conduction. The mechanism for heat transfer with this arrangement is rather
tortuous as heat must first be transferred through the outer boundary layer of the tube, conducted through
the often-heavy gauge wall of the tube and then pass through the inner boundary layer into the process gas.
The process gas is raised in temperature and this energy can be utilized by the process for chemical reaction.
The process engineer is often caused to compromise between the pressure drop within the tube reactor with
the overall heat transfer and catalytic effectiveness. The inner heat transfer coefficient can be effectively
increased by raising the superficial velocity of the process gas. The higher gas velocity therefore improves the
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thermal effectiveness of the system. However, higher gas velocities increase the system’s pressure drop and
results in increased compressor sizes and associated operating costs. A reactor must be of sufficient length to
allow a reaction to proceed to the required conversion [33, 34]. Utilizing high gas velocities typically results
in reactors with large length to width ratios which again results in systems with high pressure drops [35, 36].
The smaller the characteristic dimension of the catalyst particle the higher is the utilization of the catalyst
[37, 38]. This is sometimes expressed as a higher effectiveness factor [39, 40]. However, beds formed from
small particles exhibit higher pressure drops than similar beds formed from larger particle. So, an engineer
designs a system with expectable compromises between heat transfer, catalyst utilization, system conversion,
and pressure drop. Therefore, a reactor for conducting catalytic processes which can promote overall heat
transfer and levels of conversion whilst minimizing pressure drop is desired. The dividing walls must be
of sufficient strength to maintain the integrity of channels. The minimum wall thickness therefore depends
upon material of construction. The wall thickness is in the range of about 0.5 millimeter to 5 millimeters and
more particularly in the range of about 0.5 millimeter to 2 millimeters. The wall will act as a thermal barrier
to heat transfer, however, as the wall is very thin its resistance is small. The heat for the reaction is supplied
directly through the wall from the oxidation channels occurring on the opposing side of the dividing wall.
As the heat transfer characteristics are highly independent of the bulk reactants velocity, a velocity can be
chosen to ensure that the reactants exiting the reactor has attained the desired level of conversion or indeed
reached any equilibrium. It is interesting to note that in such an arrangement it is desirable to operate the
reactants in a co-current flow arrangement. This ensures that the area with the greatest heat generation is
adjacent to the area with the greatest heat requirement. However, cases may exist where a countercurrent
flow arrangement is desirable. The system can be used to for a number of reactions as a wide range of process
conditions are possible. A number of techniques are available in which to deposit an active catalyst onto the
wall of the monolith. One such technique is that of the washcoat as is used in catalytic converters. Others
include the sol-gel technique, metal sputtering, or the grinding of commercial catalyst pellets followed by
attachment through the use of a cement or sol-gel. Many of the coating techniques allow different thicknesses
of coating to be applied. It may also be possible to increase or decrease the thickness of the coating along the
channel length. This technique can be used enhance the kinetics in the downstream sections of the channel.
The thickness of the catalyst coating depends upon the process proceeding within the catalyst matrix. The
products of some processes are highly dependent upon the catalyst thickness. In this case, the thickness
should be no larger than the characteristic length beyond which the product spectrum degrades. For some
processes the catalyst thickness has no effect on the product spectrum, an example of which is the steam
reforming of methane. In this case the catalyst thicknesses can be of any dimension. However, excessively
thick coatings are avoided as the catalyst interior performs little reaction due to diffusion limitations and
acts as a thermal barrier. Many catalysts are prone to deactivation due to diffusion of an impurity into the
catalyst. In cases where the catalyst is supported on a metallic surface, the source of the impurity is often
the metal surface itself. Metals have low diffusion coefficients, however, as the catalyst is in intimate contact
with the support over extended periods and at elevated temperature, small amounts of the metallic substrate
will diffuse into the catalyst structure. A common example of this effect is the poisoning of nickel-based
steam reforming catalysts with iron. It is possible to minimize this effect by using a dense and nonporous
barrier coating located between the metal surfaces and the active catalyst. However, this problem can be
circumnavigated through the use of ceramic structures.
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Figure 7. Nusselt number profiles along the length of the heat integrated reactor under nominal operating
conditions for thermochemically producing hydrogen from methanol by steam reforming.

The Sherwood number profiles along the length of the heat integrated reactor are presented in Figure 8 under
nominal operating conditions for thermochemically producing hydrogen from methanol by steam reforming.
An advantage of the arrangement is the low thermal inertia of the system. This allows the reactor to operate
with inherently fast thermal response and is particularly advantageous during startup. The low thermal
inertia will minimize startup time to the order of minutes from the order of hours, which is typical for large
packed tube technology. With suitable ancillary equipment, the system can be operated with a level of control
and operating flexibility not encountered in traditional steam reformers. Another deficiency of traditional
heat transfer equipment is start-up time and thermal response to transients. As reactors are traditionally
large and heavy, they have significant thermal inertia. Therefore, the system takes significant time to re-
equilibrate from any change in load or process operating conditions. Therefore, a reactor with enhanced
response characteristics particularly for rapid start up is desired. The design consists of multiple packed
tubes, of small diameter, being placed in intimate contact with a heat generating flame. The arrangement
leads to improved heat transfer and therefore chemical conversion. However, the packed tube results in a
significant pressure drop and the author states the process is still heat transfer limited. Therefore, a reactor
design which minimizes the process side pressure drop and does not suffer from heat transfer limitation
is required. It is proposed that the arrangement can either be used as a heat exchanger, where energy is
transferred from one stream to another via conduction through the wall or it is suitable as a chemical reactor
where the second set of channels allow the introduction of a heat transfer fluid [41, 42]. It is noted that the
reaction can be a catalytic process and the catalytically active material can be coated onto the monolith
passage walls to minimize pressure drop [43, 44]. In this arrangement the heat transfer from the process
catalyst to the dividing wall will be highly efficient, however, the uptake of the energy by the heat transfer
fluid will suffer from all of the limitations of traditional heat transfer operations [45, 46]. In this case the
boundary layer will provide a significant resistance to heat transfer and will severely limit the rate of the
process [47, 48]. The high velocities will reduce the characteristic thickness of the boundary layer and ensure
that a sufficient mass of heat transfer fluid is available to absorb the heat of reaction without significantly
changing temperature. These requirements will lead to excessive pressure drop through the coolant channels.
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Therefore, a reactor design which minimizes the heat transfer fluid side pressure drop is required. Combining
endothermic and exothermic reactions on opposing sides of dividing walls of adjacent channels can serve as
an efficient method of heat transfer. It is proposed that steam reforming of a hydrocarbon be performed by
one layer and the energy for this process be supplied by a hydrocarbon oxidative process being promoted in
the subsequent layer. Various hybrids of this theme are proposed. However, as the heat is supplied by an
autothermal reaction, oxygen must be supplied along with the fuel stream. As well as the oxygen, associated
nitrogen is present. This nitrogen acts to absorb process energy which lowers the thermal efficiency of
the process as well as diluting the desired product, hydrogen. The presence of the nitrogen increases the
load on downstream partial oxidation units which act to oxidize carbon monoxide to carbon dioxide. The
nitrogen also reduces the streams suitability for use in fuel cells. Therefore, a reactor which can supply
sufficient energy to an endothermic reaction without mixing the streams is needed. It should be noted that
an advantage is the ability to use low calorific fuel for the exothermic reaction. Such fuel is not ideally
suited to homogeneous combustion and results in a highly unstable flame. Heterogeneous combustion aids
in spreading the heat generation along the length of the channel and helps prevent hotspot formation. The
use of low caloric value gas allows the use of certain waste streams as the fuel to supply the heat. Examples
of such streams include the off-gas stream from a fuel cell, the gaseous components from a Fischer-Tropsch
synthesis. It should be further noted that the heat generation rate per unit area is approximately matched to
the heat requirement in the adjacent channel. This can be achieved by controlling the catalyst thickness in
each channel. A trial-and-error process may be required to obtain the optimum catalyst thicknesses for some
processes. If the processes are not thermally matched, the overall efficiency of the reactor will be reduced.
Suitable metals include copper, aluminum, stainless steel, iron, titanium, and mixtures or alloys thereof.

Figure 8. Sherwood number profiles along the length of the heat integrated reactor under nominal operating
conditions for thermochemically producing hydrogen from methanol by steam reforming.

4. Conclusions

Computations are performed using grids with varying nodal densities to determine the optimum node spacing
and density that would give the desired accuracy and minimize computation time. The final grid density
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is determined when the centerline profiles of temperature and species concentration do not show obvious
difference. The second-order upwind scheme is used to discretize the mathematical model, and the semi-
implicit method for pressure-linked equations algorithm is employed to solve for the pressure and velocity
fields. The simulation convergence is judged upon the residuals of all governing equations. Particular
emphasis is placed upon the effect of various factors on the thermochemical steam reforming processes in
heat integrated reactors. The major conclusions are summarized as follows:

• Steam reforming produces hydrogen and carbon monoxide when heat is added to a catalytic reactor
containing steam and hydrocarbons.

• Alternating channel parallel plate designs can be applied to thermally coupling endothermic steam
reforming with combustion in neighboring channels.

• Balancing the heat requirements of an endothermic reaction with heat generated by an exothermic
reaction flowing parallel to and on the opposite side of a separating plate is extraordinarily difficult
since the endothermic reaction is likely to have a very different dependence upon concentration and
temperature than the endothermic reaction.

• A convenient way to supply heat is to couple the endothermic reaction with an exothermic combustion
reaction in the heat exchange channels.

• The process gas is raised in temperature and this energy can be utilized by the reforming process.
• The catalyst coating thickness depends upon the process proceeding within the catalyst matrix.
• The arrangement leads to improved heat transfer and therefore chemical conversion.
• Heterogeneous combustion aids in spreading the heat generation along the length of the channel and

helps prevent hotspot formation.
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Abstract 

Endothermic reactions performed in microreactors are driven using heat from an external source. 
However, the temperature of the gas stream providing the heat is limited by constraints imposed by the 
materials of construction. The present study is focused primarily upon the designs and operations of 
heat integrated reactors for thermochemically producing hydrogen from methanol by steam reforming. 
A symmetry boundary condition is used to model half of each system where symmetry exists. 
Computations are performed using grids with varying nodal densities to determine the optimum node 
spacing and density that would give the desired accuracy and minimize computation time. The final 
grid density is determined when the centerline profiles of temperature and species concentration do not 
show obvious difference. The second-order upwind scheme is used to discretize the mathematical 
model, and the semi-implicit method for pressure-linked equations algorithm is employed to solve for 
the pressure and velocity fields. The convergence is judged upon the residuals of all governing 
equations. The present study aims to provide a fundamental understanding of the designs and 
operations of heat integrated reactors for thermochemically producing hydrogen from methanol by 
steam reforming. Particular emphasis is placed upon the effect of various factors on the 
thermochemical steam reforming processes in heat integrated reactors. The results indicate that steam 
reforming produces hydrogen and carbon monoxide when heat is added to a catalytic reactor containing 
steam and hydrocarbons. Alternating channel parallel plate designs can be applied to thermally 
coupling endothermic steam reforming with combustion in neighboring channels. Balancing the heat 
requirements of an endothermic reaction with heat generated by an exothermic reaction flowing parallel 
to and on the opposite side of a separating plate is extraordinarily difficult since the endothermic 
reaction is likely to have a very different dependence upon concentration and temperature than the 
endothermic reaction. A convenient way to supply heat is to couple the endothermic reaction with an 
exothermic combustion reaction in the heat exchange channels. The process gas is raised in temperature 
and this energy can be utilized by the reforming process. The catalyst coating thickness depends upon 
the process proceeding within the catalyst matrix. The arrangement leads to improved heat transfer and 
therefore chemical conversion. Heterogeneous combustion aids in spreading the heat generation along 
the length of the channel and helps prevent hotspot formation. 
Keywords: Hydrogen production; Endothermic reactions; Discrete channels; Flow arrangements; 

Chemical conversion; Heterogeneous combustion 

1. Introduction 

Among the various chemical reactions occurring in industrial reactors, the use of catalytic 
gas-solid reactions is widespread. A packed bed reactor is commonly used for these types of reactions. 
Conventional packed bed reactors are associated with various difficulties and disadvantages, including 
pressure drop, intra particle diffusion limitations, flow channeling, and heat transfer limitations [1, 2]. 
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Structured catalyst reactors are frequently used to address these challenges. These structured catalyst 
reactors are commonly utilized when there is a need for controlled endothermic or exothermic reactions. 
However, existing structured catalyst reactors, while demonstrating higher performance in comparison 
to the packed bed reactors, still have a number of drawbacks, including high cost, weight, thermal 
resistance, and heat management, among others [3, 4]. Important products of the Fischer-Tropsch 
reaction include gaseous hydrocarbons, such as lower olefins, paraffins, or alcohols, and liquid 
hydrocarbons, such as higher olefins, paraffins and alcohols [5, 6]. The Fischer-Tropsch reaction is 
highly exothermic and therefore effective heat transfer and temperature controls are important 
prerequisites for the successful operation. Furthermore, the reaction operability range, with pressures 
between 1-30 bar and temperatures ranging from 200 °C to 350 °C, requires an additional control to 
prevent formation of local hot spots responsible for the deterioration of the catalyst [7, 8]. Thus, there is 
a need for very efficient heat transfer during the reaction to prevent metallic catalyst deactivation and 
formation of undesirable products. Accordingly, there remains a need for a reactor that provides an 
efficient control over endothermic and exothermic chemical reactions, such as those carried out in the 
presence of a catalyst. For example, there is a need for a reactor for the Fischer-Tropsch catalytic 
processing of the synthesis gas that ensures very efficient heat transfer during the catalytic reaction. 

Natural gas and methane, a major constituent of natural gas, are difficult to economically transport 
and are not easily converted into liquid fuels or chemicals that are more readily contained and 
transported. To facilitate transport, methane is typically converted to synthesis gas which is an 
intermediate in the conversion of methane to liquid fuels, methanol or other chemicals [9, 10]. 
Synthesis gas is a mixture of hydrogen and carbon monoxide with a hydrogen to carbon monoxide 
molar ratio of from about 0.6 to about 6. One chemical reaction effective to convert methane to 
synthesis gas is steam reforming. Methane is reacted with steam and endothermically converted to a 
mixture of hydrogen and carbon monoxide [11, 12]. The heat energy to sustain the endothermic 
reaction is generated by the external combustion of fuel. A second chemical reaction effective to 
convert methane to synthesis gas is partial oxidation. Methane is reacted with oxygen in an exothermic 
reaction [13, 14]. Synthesis gas can be produced by combined partial oxidation and steam reforming. 
The synthesis gas is then converted to liquids by the Fischer-Tropsch process or can be converted to 
methanol by commercial processes [15, 16]. In the primary steam reforming of fluid hydrocarbons, 
such as natural gas or methane, the feed material and steam are passed through catalyst-containing 
vertically hanging reformer tubes maintained at an elevated temperature by radiant heat transfer and by 
contact with combustion gases in the furnace portion of the tubular reactor. The hot reformer tube 
effluent may be passed to a waste heat recovery zone for the generation of steam that can be used in the 
steam reforming operations. Conventional primary steam reforming operations are commonly carried 
out at temperatures of from about 750 °C to about 850 °C or above [17, 18]. The primary steam 
reforming is a highly endothermic reaction, and the large amounts of required heat are typically 
provided by combusting external fuel at close to atmospheric pressures in the reforming furnace. 
Consequently, the reformer tubes are generally made of high alloy, expensive materials having a 
limited operating life under such extreme conditions [19, 20]. The reaction temperatures existing inside 
the reformer tubes are generally lower than about 850 °C so that the effluent gas recovered from the 
primary reformer typically contains 2-6 percent methane [21, 22]. The effluent from primary reforming 
is sometimes passed to a secondary reforming zone in which unconverted methane present in the 
reformed gas mixture is catalytically reacted with air, oxygen or other suitable oxygen-containing gas. 

Large quantities of hydrogen, or of an ammonia syngas mixture of hydrogen and nitrogen, are 
produced either by such steam reforming operations or by partial oxidation reactions. Partial oxidation, 
like secondary reforming, is an exothermic, autothermal, internal combustion process [23, 24]. While 
secondary reforming is also a catalytic process, however, the various known partial oxidation processes 
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employ non-catalytic reactions, and thus operate at higher reaction temperatures on the order of about 
1300 °C. The significant advantages obtainable by the use of secondary reforming, or by the use of 
partial oxidation processing, are off-set to some extent by the need to compress the oxygen-containing 
gas to the desired reaction pressure or higher [25, 26]. Another disadvantage of secondary reforming 
and of partial oxidation processing is that part of the feed gas is combusted to carbon dioxide and water 
instead of to desired product. As a result, more natural gas or other feed gas is required to produce a 
given amount of hydrogen or synthesis gas, although the autothermic processes do not require any fuel. 
By contrast, the fuel consumption rate for primary reforming is typically between 30 percent and 50 
percent of the feed rate [27, 28]. Despite such efforts to improve steam reforming operations, it will be 
appreciated that there remains a desire to achieve lower steam and fuel requirements and higher thermal 
efficiencies in such operations [29, 30]. In addition, improved mechanical designs are also desired to 
reduce the size of the overall reforming systems employed and to achieve other useful purposes, such 
as a reduction for the thermal stresses to which the primary reformer tubes are subjected [31, 32]. It is 
also desired to carry out steam reforming operations at higher pressures, as in the range of 20-100 Bar. 
Such desired improvements also relate to the integration of primary and secondary reforming 
operations, so as to obtain the benefits of secondary reforming while achieving a more efficient overall 
reforming operation than has heretofore been possible. 

Currently, endothermic reactions performed in microreactors are driven using heat from an 
external source, such as the effluent from an external combustor. In doing so, the temperature of the gas 
stream providing the heat is limited by constraints imposed by the materials of construction. Practically, 
this means that tile effluent from an external combustor must be diluted with cool gas to bring the gas 
temperature down to meet material temperature constraints. This increases the total gas flow rate, 
raising blower and compressor costs. Moreover, heating the gas stream externally introduces heat 
losses and expensive high temperature materials to connect the combustor to the microreactor. On the 
other hand, an integrated combustor can produce heat for the reaction in close proximity to the reaction 
zone, thus reducing heat losses and increasing efficiency. Because traditional combustion catalysts are 
riot stable at high temperatures due to noble metal sintering, the integrated combustor must transfer 
heat at a rate sufficient to keep local temperatures at the catalyst surface below this level or risk rapid 
catalyst deactivation. The present study is focused primarily upon the designs and operations of heat 
integrated reactors for thermochemically producing hydrogen from methanol by steam reforming. A 
symmetry boundary condition is used to model half of each system where symmetry exists. 
Computations are performed using grids with varying nodal densities to determine the optimum node 
spacing and density that would give the desired accuracy and minimize computation time. The final 
grid density is determined when the centerline profiles of temperature and species concentration do not 
show obvious difference. The second-order upwind scheme is used to discretize the mathematical 
model, and the semi-implicit method for pressure-linked equations algorithm is employed to solve for 
the pressure and velocity fields. The simulation convergence is judged upon the residuals of all 
governing equations. The present study aims to provide a fundamental understanding of the designs and 
operations of heat integrated reactors for thermochemically producing hydrogen from methanol by 
steam reforming. Particular emphasis is placed upon the effect of various factors on the 
thermochemical steam reforming processes in heat integrated reactors. 

2. Methods 

The highly exothermic reactor is illustrated schematically in Figure 1 with a catalytic 
heat-recirculating reaction chamber. The catalytic heat-recirculating micro-combustors are modeled as 
parallel plates of infinite width. This study focuses on the heat-recirculating combustor, for which there 
are two catalytically active inner walls, two outer walls, and one side wall. Unless otherwise stated, all 
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walls are 0.2 millimeters thick. The combustion chamber length is 8.0 millimeters, with a gap size of 
0.8 millimeters. This gap size is typical to the geometrical confinements of practical honeycomb 
combustors. Due to the high aspect ratio of the combustion channel, the combustor is modeled as a 
two-dimensional system. For the heat-recirculating combustor, premixed methane-air mixtures are sent 
into the central combustion chamber at ambient temperature, and then the hot products formed are split 
into two streams that flow into two recirculation chambers, each with a gap size of 0.4 millimeters. The 
180° turns occur at 8.0 millimeters. The length of each recirculation chamber is 8.4 millimeters, as a 
result of the additional space from the turns. Based on these, the length of each outer wall is 8.6 
millimeters, and the length of side wall is 2.4 millimeters. Unless otherwise stated, the inlet velocity is 
0.8 meters per second, and a uniform inlet velocity profile is assumed. These values represent the 
nominal operating conditions. The parallel plate geometry implies that the third dimension is much 
larger than these gap sizes in order to ensure two-dimensional validity. To minimize the computational 
intensity, only half of the system is modeled by taking properly into account the geometrical symmetry. 

 

Figure 1. Schematic illustration of the highly exothermic reactor with a catalytic heat-recirculating 
reaction chamber. The thick arrows indicate the direction of flow, whereas the thin arrows indicate the 
direction of heat transfer. All external surfaces exposed to the surroundings are subjected to convective 
and radiative heat losses. Symmetry allows the simulation of only half of each system. 

The highly exothermic reactor is illustrated schematically in Figure 2 with a catalytic 
single-channel reaction chamber. The catalytic single-channel micro-combustors are modeled as 
parallel plates of infinite width. For the single-channel combustor, this is a simple geometry, consisting 
of two walls coated with a catalytically active washcoat. This geometry is used here for comparison 
purposes. The physical properties of the combustor solid structure, such as the density, specific heat, 
and wall thermal conductivity, are assumed constant, whereas all fluid properties are 
temperature-dependent. Specifically, the gaseous species-specific heat is computed using a piecewise 
polynomial fit of temperature, whereas temperature-dependent species transport properties in the gas 
phase, such as the species thermal conductivity and viscosity, are computed using the kinetic theory of 
ideal gases. Fluid transport properties, such as the fluid thermal conductivity, specific heat, and 
viscosity, are computed by a mass-fraction-weighted average of species properties, depending on the 
local mixture temperature and composition. The fluid density is determined from the ideal gas law for 
the local mixture temperature, pressure, and composition. Uniform profiles for the species mass 
fractions, gas temperature, and axial velocity are specified at the inlet. No-slip boundary conditions are 
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used for both velocity components at the fluid-solid interfaces. A symmetry boundary condition is used 
to model half of each system where symmetry exists. At the symmetry plane and the outlet, the 
transverse velocity is set to zero and zero gradient Neumann boundary conditions are used for all other 
scalars, namely the normal derivatives are set to zero. It is important to note that once the reaction zone 
shifts approximately past half the length of the combustor, the boundary conditions at the exit may no 
longer describe the system properly. As a result, the blowout critical conditions are less accurate. To 
overcome the accuracy problem for a fixed combustor length, one needs to experimentally measure the 
exit conditions and impose them as boundary conditions. 

 
Figure 2. Schematic illustration of the highly exothermic reactor with a catalytic single-channel 
reaction chamber. The thick arrows indicate the direction of flow, whereas the thin arrows indicate the 
direction of heat transfer. All external surfaces exposed to the surroundings are subjected to convective 
and radiative heat losses. Symmetry allows the simulation of only half of each system. 

For the single-channel combustor, an orthogonal staggered grid is used to perform these 
simulations, containing 200 and 80 points in the axial and transverse directions, respectively. The grid 
is finer where the gradients are steeper, at the entrance and in the vicinity of the active catalytic surface. 
The solid wall is discretized such that the elements at the fluid-solid interface have the same axial size 
as the corresponding elements on the fluid sides, resulting in a 200 and 20 grid resolution in the axial 
and transverse directions, respectively. For the heat-recirculating combustor, a non-uniform grid is used, 
with elements near the catalytic wall being smaller than those at the symmetry plane, in order to 
capture more accurately the sharp gradients at the catalytic wall while minimizing the computational 
intensity. As a result, the grid used contains a 260 and 160 grid resolution in the axial and transverse 
directions, respectively. Prior to performing these simulations, computations are performed using grids 
with varying nodal densities to determine the optimum node spacing and density that would give the 
desired accuracy and minimize computation time. The final grid density is determined when the 
centerline profiles of temperature and species concentration do not show obvious difference. Solutions 
obtained with the above grids are reasonably accurate, and larger grid densities yield no obvious 
advantage. The second-order upwind scheme is used to discretize the mathematical model, and the 
semi-implicit method for pressure-linked equations algorithm is employed to solve for the pressure and 
velocity fields. The simulation convergence is judged upon the residuals of all governing equations. 
Numerical convergence is in general difficult. In order to assist convergence and compute extinction 
points, natural parameter continuation is implemented. 

The heat integrated reactor with multiple parallel channels is illustrated schematically in Figure 3 
for thermochemically producing hydrogen from methanol by steam reforming. The heat integrated 
reactor can be used to produce hydrogen for fuel cells for the production of electricity. The reactor 
consists of two sets of flow channels: one where the steam reforming reaction takes place and one 
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where combustion of the same fuel provides the heat necessary to carry out the reaction. Heat is 
transferred across the channel walls, and the system results in a compact configuration. The two sets of 
uniform parallel reaction channels are separated by the walls that separate the combustion region from 
the reforming region, and are in close thermal contact as to facilitate the efficient transfer of heat from 
the combustion region to the reforming region. In this manner, greater heat integration and utilization is 
accomplished inside the reactor. The reactor operates in the so-called co-current mode, namely 
combustion and reforming mixtures flow in the same direction, and the combustion and reforming 
channels are arranged alternately. Combustion takes place over a structured catalyst comprising 
copper-oxide and zinc-oxide. Steam reforming is a catalytic reaction and takes place over a structured 
catalyst comprising copper and zinc-oxide. The washcoat for applying the combustion and reforming 
catalysts is high surface area aluminum oxide, and it must be in close contact with the channel walls to 
facilitate efficient heat transfer. On account of the symmetry of the system, only two half combustion 
and reforming channels associated with the surrounding walls are modeled. 

 

Figure 3. Schematic illustration of the heat integrated reactor with multiple parallel channels for 
thermochemically producing hydrogen from methanol by steam reforming. 

The computational domain of the heat integrated reactor is illustrated schematically in Figure 4 for 
thermochemically producing hydrogen from methanol by steam reforming. A methanol-steam mixture 
is supplied to the reforming channels to be reformed, and a methanol-air mixture is supplied to the 
combustion channels to be combusted. The temperatures and pressures of the two streams entering the 
combustion channels and the reforming channels, respectively, are the same. The temperature of the 
two streams is 373 K at the flow inlets. The system operates at a pressure of up to 1.5 MPa. Typically, 
high pressure combustion is widely practiced, although combustion can take place at low or 
near-atmospheric pressure. Steam reforming can take place at pressures somewhat above atmospheric 
to moderately high, up to 5.0 MPa. The channel walls should be of sufficient strength to allow for the 
pressure differential between the two streams entering the reactor. The composition of the mixture 
entering the combustion channels should be such as to ensure complete combustion of the fuel. 
Although a stoichiometric ratio of fuel to air is sufficient, an equivalence ratio of 0.8 is employed with 
the present study. The composition of the mixture entering the reforming channels is determined by the 
stoichiometries of the reforming reaction for the given fuel. It is typical practice to provide a higher 
than stoichiometric steam-to-fuel ratio to minimize possible side reactions that can cause carbon 



7 

formation to the detriment of the catalyst and the reactor. A steam-to-carbon molar ratio of 1.4 is 
employed with the present study. The fluids flow essentially parallel to the axes of the channels. The 
velocity of the fluid flowing into the reforming channels is 2.0 meters per second at the flow inlets. In 
contrast, the velocity of the fluid flowing into the combustion channels varies depending on the desired 
design requirements. Theoretically, the washcoats can be of any shape. The washcoats can be shaped 
into any of various configurations, but they must be designed to increase the area available for heat 
exchange, thereby minimizing the length of the channels and the associated pressure drop. The mass 
transfer coefficient can be estimated from the relation between the pore Reynolds and Schmidt numbers 
and the asymptotic Sherwood number. The local mass transport coefficient is dependent upon the local 
velocity of the fluid, reaction rate, and local pore structure. The term bulk flow region refers to open 
areas or open channels within the reaction chamber. A contiguous bulk flow region allows rapid gas 
flow through the reaction chamber without large pressure drops. Equilibrium conversion is defined in 
the classical manner, where the maximum attainable conversion is a function of the reactor temperature, 
pressure, and feed composition. For the case of hydrocarbon steam reforming reactions, the equilibrium 
conversion increases with increasing temperature and decreases with increasing pressure. 

 
Figure 4. Schematic illustration of the computational domain of the heat integrated reactor for 
thermochemically producing hydrogen from methanol by steam reforming. 

3. Results and discussion 

The contour plots of temperature, methanol mole fraction, and hydrogen mole fraction under 
nominal operating conditions are presented in Figure 5 for the heat integrated reactor. Chemical 
reactions that produce heat and those that take up heat form two very important classes of reactions. 
Some highly exothermic reactions, reactions with a large but negative heat of reaction, require heat to 
be removed from a system to prevent overheating. One example is the partial oxidation of ethylene to 
produce ethylene oxide, an important intermediate in the production of ethylene glycol. This reaction 
oxidizes ethylene over a catalyst to produce ethylene oxide and heat. If the reaction temperature is too 
high, ethylene oxide will decompose to carbon dioxide and water. In order to reduce degradation into 
undesired products, the reaction temperature must be held under control by removing heat produced by 
the partial oxidation. Conversely, endothermic reactions, those with a positive heat of reaction, do not 
produce heat but require heat for the reaction to proceed. Steam reforming of hydrocarbons is an 
endothermic reaction of considerable interest for hydrogen production as a fuel for fuel cells. Steam 
reforming produces hydrogen and carbon monoxide when heat is added to a catalytic reactor containing 
steam and hydrocarbons. Although exothermic and endothermic reactions are easy to implement, to do 
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so with a compact and simple reactor design is challenging due to the limitations of heat transfer 
between the reaction and the outside of the reactor. One aspect in building compact reactors with 
adequate thermal exchange requires a provision for high interfacial area between the reaction stream 
and the reactor body. Microchannel technology is capable of high heat and mass transfer coefficients 
between a bulk reaction fluid and the catalytic heat exchange surface. Alternating channel parallel plate 
designs can be applied to thermally coupling endothermic steam reforming with combustion in 
neighboring channels. Such designs enable orders of magnitude size reduction over conventional 
shell-and-tube steam reformers. Enclosed parallel flow channels are typically formed by stacking plates 
separated by spacers, and fitting the stack with appropriate headers so that alternating channels contain 
the reforming reaction with exothermic combustion in the intermediate channels. Microchannel 
reactors exchange heat between chemically reacting fluid streams where flow is parallel to and on 
opposite sides of a thermally conductive separating plate. In this design, enclosed channels are formed 
by stacking plates separated by spacers, and the stack is fitted with appropriate headers so that 
alternating channels contain the reaction fluid with heat exchange fluid in the intermediate channels. 
The reaction channels can be filled with catalyst, and the heat exchange channels can have a structured 
packing to increase the heat exchange area. Another approach to increasing the surface area for reaction 
on each side of the separating plate is to add fins or other surface features. Indeed, this approach is 
adopted in plate-type reactor designs. Although somewhat successful, the design still adds complexity 
and the alternating coupled reaction chambers continue to restrict the overall size of each chamber. All 
of these examples share the same general flow geometry where thermal energy transfers between 
chemically reacting fluid streams that flow parallel to and on opposite sides of a separating plate. 

 
Figure 5. Contour plots of temperature, methanol mole fraction, and hydrogen mole fraction under 
nominal operating conditions for the heat integrated reactor. 
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The contour plots of water mole fraction, oxygen mole fraction, and carbon dioxide mole fraction 
under nominal operating conditions are presented in Figure 6 for the heat integrated reactor. A reaction 
chamber has dimensions of height, width and length. The length of the reaction chamber is typically 
longer. Typically, the sides of the reaction chamber are defined by reaction chamber walls. These walls 
are preferably made of a hard material such as a ceramic, an iron-based alloy, or high temperature 
nickel-based superalloys. More preferably, the reaction chamber walls are comprised of stainless steel 
which is durable and has good thermal conductivity. In addition to thermal transfer between adjacent 
reaction chambers, in some cases, a reaction chamber can be in thermal contact with a microchannel 
heat exchanger. This combination of reaction chambers and heat exchangers can result in high rates of 
thermal transfer. The catalyst could also be applied by other methods such as wash coating. On metal 
surfaces, it is preferred to first apply a buffer layer by chemical vapor deposition or thermal oxidation, 
which improves adhesion of subsequent wash coats. Preferred reactors and methods of conducting 
reactions in integrated reactors can be characterized by their properties. The devices may be made of 
materials such as plastic, metal, ceramic and composites, depending on the desired characteristics. 
Walls separating the device from the environment may be thermally insulating. However, the walls 
separating adjacent exothermic and endothermic reaction chambers should be thermally conductive. 

Introduction of laterally distributed combustion fuel and air in co-flow with endothermic reactant 
flow concentrates the heat transfer at the endothermic reactor inlet, where the concentration gradient is 
highest, thus obtaining superior results over systems that distribute the combustion fuel evenly over the 
entire surface of the combustion catalyst. Although the examples with distributed combustion still 
exhibit excellent heat flux in comparison to conventional steam reformers. The present design could 
use alternate exothermic reactions, such as oxidation reactions, including partial oxidation reaction, to 
drive an endothermic reaction. During operation, a reactant enters a combustion or reaction chamber in 
a bulk flow path flowing past and in contact with a porous material or porous catalyst. A portion of the 
reactant molecularly transversely diffuses into the porous catalyst and reacts to form a product or 
products, and then the products diffuse transversely into the bulk flow path and out of the reactor. A 
short heat transport distance is desired for good performance. These short heat transport distances, 
combined with preferred reactor configurations, can provide surprisingly high volumetric productivity 
and low pressure drop. The reactor designs suffer from a fundamental limitation resulting from the flow 
configuration in which a reacting stream flows parallel to a heat transfer surface through which the 
majority of heat is transferred perpendicular to the direction of fluid flow. Regardless of the reaction 
taking place in the reaction channels, its reaction rate will vary along the flow length of that channel 
due to changes in concentration and temperature. Balancing the heat requirements of an endothermic 
reaction with heat generated by an exothermic reaction flowing parallel to and on the opposite side of a 
separating plate is extraordinarily difficult since the endothermic reaction is likely to have a very 
different dependence upon concentration and temperature than the endothermic reaction. Along the 
flow length of the plate that divides these reactions, the heat flux through the plate that is perpendicular 
to fluid flow will vary due to temperature and reaction rate differences along the flow length of the 
plate. Since the thermally coupled reactions are so closely coupled, neither reaction can run at a 
significantly different reaction rate at any point along the channel length. Thus, each reaction will 
exhibit a peak in reaction rate at nearly the same position within the reactor with slower reaction rates 
before and after this peak, which leads to the need for a long reactor channel to ensure complete 
conversion. A specific example of this reaction rate problem encountered in the parallel flow 
arrangement is demonstrated by attempts to drive endothermic steam reforming with exothermic 
combustion in microchannel and alternating parallel plate reactors. A convenient way to supply heat is 
to couple the endothermic reaction with an exothermic combustion reaction in the heat exchange 
channels. Thus, the stacked reactor becomes an alternating series of endothermic and exothermic 
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reactors separated by thin heat exchange walls. Unfortunately, the combustion reaction is difficult to 
control with convenient combustion catalysts and fuels, and most of the combustion occurs near the 
fuel inlet. This uneven combustion results in uneven heat transfer to the endothermic reaction and poor 
overall reactor performance. The geometry allows intimate thermal contact whilst keeping the streams 
from becoming mixed. The reactor body is constructed by modification of a substantially rigid and 
essentially nonporous monolith honeycomb. Prior to modification the monolith consists of a 
honeycombed body having a matrix of thin walls defining a multiplicity of discrete channels which 
pass through the body of the structure from one face to the opposing face. The monolith is modified in 
such a way as to produce a rigid body containing at least two discreet process flow paths which have a 
number of dividing walls in common. A channel is defined as any individual passageway through the 
monolith body and a flow path is the group of channels used for a single reaction. The inlets to the first 
reaction flow paths and the inlets to the second reaction flow paths are in the inlet manifold such that 
the reactants run in a co-current configuration. The reactants also leave the reactor in the same outlet 
manifold via the first reaction outlets and the second reaction outlets. The fuel processor is described 
using the steam reformation of methane and oxidation of methane reactions to illustrate the concept. 
The inlets and outlets may be arranged for a countercurrent flow of the reactants. 

 

Figure 6. Contour plots of water mole fraction, oxygen mole fraction, and carbon dioxide mole fraction 
under nominal operating conditions for the heat integrated reactor. 

The Nusselt number profiles along the length of the heat integrated reactor are presented in Figure 
7 under nominal operating conditions for thermochemically producing hydrogen from methanol by 
steam reforming. Many chemical processes utilize catalysts to enhance chemical conversion behavior. 
A catalyst promotes the rate of chemical conversion but does not affect the energy transformations 
which occur during the reaction. Often catalytic processes are conducted within tubes which are packed 
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with a suitable catalytic substance. The process gas flows within the tube and contacts the catalytic 
packing where reaction proceeds. The tube is placed within a hot environment such as a furnace such 
that the energy for the process can be supplied through the tube wall via conduction. The mechanism 
for heat transfer with this arrangement is rather tortuous as heat must first be transferred through the 
outer boundary layer of the tube, conducted through the often-heavy gauge wall of the tube and then 
pass through the inner boundary layer into the process gas. The process gas is raised in temperature and 
this energy can be utilized by the process for chemical reaction. The process engineer is often caused to 
compromise between the pressure drop within the tube reactor with the overall heat transfer and 
catalytic effectiveness. The inner heat transfer coefficient can be effectively increased by raising the 
superficial velocity of the process gas. The higher gas velocity therefore improves the thermal 
effectiveness of the system. However, higher gas velocities increase the system's pressure drop and 
results in increased compressor sizes and associated operating costs. A reactor must be of sufficient 
length to allow a reaction to proceed to the required conversion [33, 34]. Utilizing high gas velocities 
typically results in reactors with large length to width ratios which again results in systems with high 
pressure drops [35, 36]. The smaller the characteristic dimension of the catalyst particle the higher is 
the utilization of the catalyst [37, 38]. This is sometimes expressed as a higher effectiveness factor [39, 
40]. However, beds formed from small particles exhibit higher pressure drops than similar beds formed 
from larger particle. So, an engineer designs a system with expectable compromises between heat 
transfer, catalyst utilization, system conversion, and pressure drop. Therefore, a reactor for conducting 
catalytic processes which can promote overall heat transfer and levels of conversion whilst minimizing 
pressure drop is desired. The dividing walls must be of sufficient strength to maintain the integrity of 
channels. The minimum wall thickness therefore depends upon material of construction. The wall 
thickness is in the range of about 0.5 millimeter to 5 millimeters and more particularly in the range of 
about 0.5 millimeter to 2 millimeters. The wall will act as a thermal barrier to heat transfer, however, as 
the wall is very thin its resistance is small. The heat for the reaction is supplied directly through the 
wall from the oxidation channels occurring on the opposing side of the dividing wall. As the heat 
transfer characteristics are highly independent of the bulk reactants velocity, a velocity can be chosen to 
ensure that the reactants exiting the reactor has attained the desired level of conversion or indeed 
reached any equilibrium. It is interesting to note that in such an arrangement it is desirable to operate 
the reactants in a co-current flow arrangement. This ensures that the area with the greatest heat 
generation is adjacent to the area with the greatest heat requirement. However, cases may exist where a 
countercurrent flow arrangement is desirable. The system can be used to for a number of reactions as a 
wide range of process conditions are possible. A number of techniques are available in which to deposit 
an active catalyst onto the wall of the monolith. One such technique is that of the washcoat as is used in 
catalytic converters. Others include the sol-gel technique, metal sputtering, or the grinding of 
commercial catalyst pellets followed by attachment through the use of a cement or sol-gel. Many of the 
coating techniques allow different thicknesses of coating to be applied. It may also be possible to 
increase or decrease the thickness of the coating along the channel length. This technique can be used 
enhance the kinetics in the downstream sections of the channel. The thickness of the catalyst coating 
depends upon the process proceeding within the catalyst matrix. The products of some processes are 
highly dependent upon the catalyst thickness. In this case, the thickness should be no larger than the 
characteristic length beyond which the product spectrum degrades. For some processes the catalyst 
thickness has no effect on the product spectrum, an example of which is the steam reforming of 
methane. In this case the catalyst thicknesses can be of any dimension. However, excessively thick 
coatings are avoided as the catalyst interior performs little reaction due to diffusion limitations and acts 
as a thermal barrier. Many catalysts are prone to deactivation due to diffusion of an impurity into the 
catalyst. In cases where the catalyst is supported on a metallic surface, the source of the impurity is 
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often the metal surface itself. Metals have low diffusion coefficients, however, as the catalyst is in 
intimate contact with the support over extended periods and at elevated temperature, small amounts of 
the metallic substrate will diffuse into the catalyst structure. A common example of this effect is the 
poisoning of nickel-based steam reforming catalysts with iron. It is possible to minimize this effect by 
using a dense and nonporous barrier coating located between the metal surfaces and the active catalyst. 
However, this problem can be circumnavigated through the use of ceramic structures. 

 

Figure 7. Nusselt number profiles along the length of the heat integrated reactor under nominal 
operating conditions for thermochemically producing hydrogen from methanol by steam reforming. 

The Sherwood number profiles along the length of the heat integrated reactor are presented in 
Figure 8 under nominal operating conditions for thermochemically producing hydrogen from methanol 
by steam reforming. An advantage of the arrangement is the low thermal inertia of the system. This 
allows the reactor to operate with inherently fast thermal response and is particularly advantageous 
during startup. The low thermal inertia will minimize startup time to the order of minutes from the 
order of hours, which is typical for large packed tube technology. With suitable ancillary equipment, the 
system can be operated with a level of control and operating flexibility not encountered in traditional 
steam reformers. Another deficiency of traditional heat transfer equipment is start-up time and thermal 
response to transients. As reactors are traditionally large and heavy, they have significant thermal 
inertia. Therefore, the system takes significant time to re-equilibrate from any change in load or process 
operating conditions. Therefore, a reactor with enhanced response characteristics particularly for rapid 
start up is desired. The design consists of multiple packed tubes, of small diameter, being placed in 
intimate contact with a heat generating flame. The arrangement leads to improved heat transfer and 
therefore chemical conversion. However, the packed tube results in a significant pressure drop and the 
author states the process is still heat transfer limited. Therefore, a reactor design which minimizes the 
process side pressure drop and does not suffer from heat transfer limitation is required. It is proposed 
that the arrangement can either be used as a heat exchanger, where energy is transferred from one 
stream to another via conduction through the wall or it is suitable as a chemical reactor where the 
second set of channels allow the introduction of a heat transfer fluid [41, 42]. It is noted that the 
reaction can be a catalytic process and the catalytically active material can be coated onto the monolith 
passage walls to minimize pressure drop [43, 44]. In this arrangement the heat transfer from the process 
catalyst to the dividing wall will be highly efficient, however, the uptake of the energy by the heat 
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transfer fluid will suffer from all of the limitations of traditional heat transfer operations [45, 46]. In 
this case the boundary layer will provide a significant resistance to heat transfer and will severely limit 
the rate of the process [47, 48]. The high velocities will reduce the characteristic thickness of the 
boundary layer and ensure that a sufficient mass of heat transfer fluid is available to absorb the heat of 
reaction without significantly changing temperature. These requirements will lead to excessive pressure 
drop through the coolant channels. Therefore, a reactor design which minimizes the heat transfer fluid 
side pressure drop is required. Combining endothermic and exothermic reactions on opposing sides of 
dividing walls of adjacent channels can serve as an efficient method of heat transfer. It is proposed that 
steam reforming of a hydrocarbon be performed by one layer and the energy for this process be 
supplied by a hydrocarbon oxidative process being promoted in the subsequent layer. Various hybrids 
of this theme are proposed. However, as the heat is supplied by an autothermal reaction, oxygen must 
be supplied along with the fuel stream. As well as the oxygen, associated nitrogen is present. This 
nitrogen acts to absorb process energy which lowers the thermal efficiency of the process as well as 
diluting the desired product, hydrogen. The presence of the nitrogen increases the load on downstream 
partial oxidation units which act to oxidize carbon monoxide to carbon dioxide. The nitrogen also 
reduces the streams suitability for use in fuel cells. Therefore, a reactor which can supply sufficient 
energy to an endothermic reaction without mixing the streams is needed. It should be noted that an 
advantage is the ability to use low calorific fuel for the exothermic reaction. Such fuel is not ideally 
suited to homogeneous combustion and results in a highly unstable flame. Heterogeneous combustion 
aids in spreading the heat generation along the length of the channel and helps prevent hotspot 
formation. The use of low caloric value gas allows the use of certain waste streams as the fuel to supply 
the heat. Examples of such streams include the off-gas stream from a fuel cell, the gaseous components 
from a Fischer-Tropsch synthesis. It should be further noted that the heat generation rate per unit area is 
approximately matched to the heat requirement in the adjacent channel. This can be achieved by 
controlling the catalyst thickness in each channel. A trial-and-error process may be required to obtain 
the optimum catalyst thicknesses for some processes. If the processes are not thermally matched, the 
overall efficiency of the reactor will be reduced. Suitable metals include copper, aluminum, stainless 
steel, iron, titanium, and mixtures or alloys thereof. 

 

Figure 8. Sherwood number profiles along the length of the heat integrated reactor under nominal 
operating conditions for thermochemically producing hydrogen from methanol by steam reforming. 
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4. Conclusions 

Computations are performed using grids with varying nodal densities to determine the optimum 
node spacing and density that would give the desired accuracy and minimize computation time. The 
final grid density is determined when the centerline profiles of temperature and species concentration 
do not show obvious difference. The second-order upwind scheme is used to discretize the 
mathematical model, and the semi-implicit method for pressure-linked equations algorithm is employed 
to solve for the pressure and velocity fields. The simulation convergence is judged upon the residuals of 
all governing equations. Particular emphasis is placed upon the effect of various factors on the 
thermochemical steam reforming processes in heat integrated reactors. The major conclusions are 
summarized as follows: 
 Steam reforming produces hydrogen and carbon monoxide when heat is added to a catalytic reactor 

containing steam and hydrocarbons. 
 Alternating channel parallel plate designs can be applied to thermally coupling endothermic steam 

reforming with combustion in neighboring channels. 
 Balancing the heat requirements of an endothermic reaction with heat generated by an exothermic 

reaction flowing parallel to and on the opposite side of a separating plate is extraordinarily difficult 
since the endothermic reaction is likely to have a very different dependence upon concentration 
and temperature than the endothermic reaction. 

 A convenient way to supply heat is to couple the endothermic reaction with an exothermic 
combustion reaction in the heat exchange channels. 

 The process gas is raised in temperature and this energy can be utilized by the reforming process. 
 The catalyst coating thickness depends upon the process proceeding within the catalyst matrix. 
 The arrangement leads to improved heat transfer and therefore chemical conversion. 
 Heterogeneous combustion aids in spreading the heat generation along the length of the channel 

and helps prevent hotspot formation. 
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